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Abstract: Process development, cheaper bioreactor cost, and faster fermentation rate can 

aid in reducing the cost of fermentation. In this article, these ideas were combined in 

developing a previously introduced textile bioreactor for ethanol production. The bioreactor 

was developed to utilize flocculating yeast for ethanol production under anaerobic conditions. 

A mixing system, which works without aerators, spargers, or impellers, but utilizes the liquid 

content in the bioreactor for suspending the flocculating yeast to form a fluidized bed, was 

developed and examined. It could be used with dilution rates greater than 1.0 h−1 with less 

possibility of washout. The flow conditions required to begin and maintain a fluidized bed 

were determined. Fermentation experiments with flow rate and utilization of the mixing 

system as process variables were carried out. The results showed enhanced mass transfer as 

evidenced by faster fermentation rates on experiments with complete sucrose utilization after 

36 h, even at 30 times lesser flow rate. 
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1. Introduction 

Increasing energy demand and environmental awareness have influenced the progressive rise in  

the production and utilization of bioethanol as a transportation fuel [1]. To boost the competitiveness of 

bioethanol to fossil fuel, particularly with the current low prices of fossil fuels, there is the need to 
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continue increasing the productivity of the ethanol production process while reducing the production 

cost. Flocculation has proven to be advantageous in improving the productivity of the bioethanol 

production process [2]. Some of its benefits include production at high dilution rate, improved inhibitor 

tolerance, longer reuse of cells, reduced contamination tendencies at high dilution rate, reduced 

bioreactor cost because of smaller reactor volume [3], and ease of separating cell flocs from liquid 

medium in the bioreactor [4]. 

To effectively utilize flocculation, the size of the flocs and their settling characteristics need to be 

well understood. It is important that the floc size is large enough to prevent washout while being small 

enough to allow effective passage and mass transfer of the substrate into the cells and product out of the 

cells. To avoid washout, mechanical stirrers that break down the flocs are not usually used in bioreactors 

utilizing flocculating organisms [3]. Depending on the settling rate of the flocs, the contacting pattern 

that they would make in a bioreactor could result in fixed or fluidized bed. Fixed or fluidized bed systems 

have their benefits, but for optimal mass transfer and faster production rate, fluidized bed systems are 

more advantageous because of the larger contacting area of the flocs [5]. To create a stable fluidized 

bed, the flow rate has to be between the minimum to initiate fluidization and the maximum to prevent 

the flocs from being carried away from the bioreactor [5]. For these reasons, the design and operation of 

the bioreactor to be used for propagating flocculating microorganisms is quite important. Fluidization in 

bioreactors can be achieved either by aeration or by utilizing high flow liquid streams [6]. Currently, 

airlift bioreactors are the main type of bioreactor being used for utilizing flocculating yeast for bioethanol 

production [3]. 

Aeration is required when flocculating yeast is used in an airlift bioreactor for ethanol production [3]. 

This reduces the ethanol yield as ethanol is optimally produced anaerobically. Besides this, bioreactor 

cost is high, including aeration, generating more operation cost. Bioreactors for ethanol production have 

to be designed in a way that they do not hinder the activity of the microorganism within them, withstand 

the corrosive nature of fermentation media, and provide suitable environment and control needed to 

optimally produce the desired product(s) [7]. The overall goal in their design is to deliver the required 

functions and to be economical [8]. Conventional bioreactors for ethanol production are made using 

stainless steel as the major material of construction and constitute 32% of the fermentation investment 

cost in a typical 100,000 m3/year plant [9]. Reducing the cost of ethanol bioreactors will reduce the cost 

of ethanol production. Some polymeric materials (e.g., polyaniline) have good corrosion-resistance 

properties [10] and are cheaper than stainless steel, so they could be options for making ethanol bioreactors. 

However, some challenges regarding their use include their tensile strength and the effectiveness of 

mixing in the bioreactors made with them. A novel bioreactor with textile as its material of construction 

was recently introduced as a cheaper alternative to bioreactors made with stainless steel [11].  

The textile bioreactor has textile as its backbone material of construction which improves its strength [11]. 

In this paper, the conditions needed to maintain optimal contact of the flocculating yeast in the bioreactor 

were determined, and the textile bioreactor was developed accordingly. This enabled anaerobic production 

of ethanol with the flocculating yeast, while also maintaining good mixing in the bioreactor, thus creating 

optimal production conditions. 
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2. Methods 

2.1. Microorganism 

Naturally flocculating yeast strain S. cerevisiae CCUG 53310 (Culture Collection University of 

Gothenburg, Gothenburg, Sweden) was used for the experiments. The flocculating yeast cells were 

maintained on a yeast extract peptone dextrose (YPD) agar plate containing 20 g/L agar, 20 g/L  

D-glucose, 20 g/L peptone, and 10 g/L yeast extract at 4 °C. Before being used for fermentation, the 

flocculating cells were added into 800 mL YPD media containing 20 g/L D-glucose, 10 g/L yeast extract, 

and 20 g/L peptone in a 2 L cotton-plugged flask. Three flasks were incubated in a shaking water bath 

(Grant OLS 200, Grant instrument Ltd., Cambridge, UK) at 125 rpm and 30 °C for 48 h. The supernatant 

liquid from two of the flasks were discarded, and the sedimented flocculating yeast were rinsed with 

distilled water into the textile bioreactor for fermentation. The content of the third flask was used to 

determine the yeast concentration in the bioreactor. A starting concentration of 2 g/L dry weight of the 

flocs was used for all fermentation experiments. 

The average particle diameter for this yeast strain was measured using the optical density and 

sedimentation technique [12] and it was found to be between 190 to 320 µm. This was done by 

transferring samples of the cell culture to a tube in which the optical density was measured using a 

spectrophotometer at a wavelength of 660 nm for the various samples at different times. The optical 

density readings from the spectrophotometer were proportional to the flocculating yeast concentration. 

When all the flocculating yeast had settled (settling time), the optical density read from the 

spectrophotometer gave constant readings, which corresponded to the concentration of the free cells. 

Dividing the distance from which the flocculating yeast cells fell by the settling time gave the settling 

velocity. The average diameter of the flocs was calculated from Stokes’ law (see equation 4), using 

flocculating yeast density of 1140 kg/m3, viscosity of 0.798 × 10−3 Ns/m2 (i.e., viscosity of water at  

30 °C) and acceleration due to gravity of 9.81 m/s2. 

2.2. Textile Bioreactor and Its Development 

The bioreactor used for this work (Ethanolic textile lab reactor ETLRII, FOV Fabrics AB, Borås, 

Sweden), was a 30 L laboratory scale reactor with a working volume of 25 L. Its dimensions were  

110 cm length, 8 cm depth, and 34 cm width (Figure 1a). The inlet and outlet diameter were 5 cm. It had 

a 4 cm opening at the middle that served as a sample collection point, a gas outlet, and a thermometer 

stand. Tubing was connected to the inlet and outlet of the bioreactor for recirculation. 

A 12 m silicone peroxide tubing with 5 mm internal diameter and 8 mm external diameter (VWR 

International, Leuven, Belgium) was used as the internal mixing tubing in the bioreactor. Holes of  

0.42 mm at 1 cm intervals were made in the tubing. The tubing was wound around the perimeter of the 

bioreactor twice and then joined into five elliptical ribbons by plastic fasteners (Figure 1b).  

The tubing was kept in the liquid phase by means of ten stainless steel bolts, each having internal and 

external diameters of 2.4 and 3.5 cm respectively, and weighing 94.6 g. The two ends of the tubing  

used for mixing were connected to the inlet tubing from the pump. A peristaltic pump (405U/L2  

Watson-Marlow, Stockholm, Sweden) was used for recirculation, feeding, and discharging the content 

of the bioreactor. 
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Figure 1. Developed textile bioreactor showing internal mixing inside the bioreactor from 

(a) a side view, and (b) a top view of the internal mixing system inside the bioreactor. 

2.3. Mixing in the Bioreactor 

First 20 L distilled water was fed to the bioreactor. Then, 90 ± 5 mL of 100 ppm bromophenol blue 

solution was added to the bioreactor at one of its ends (hereafter referred to as the injection point). The 

content of the bioreactor was recirculated through the internal mixing tube at flow rates of 0.002 and 

0.015 volume per volume per minute (VVM). Samples were taken from the two opposite rear edges of 

the bioreactor. The absorbance of the samples was measured by a spectrophotometer (Biochrom Libra S60, 

Cambridge, UK) at 592 nm [13]. Mixing during fermentation was carried out by recirculation. To 

determine the effectiveness of mixing in experiments performed with internal mixing tubing, samples 

were taken from two sampling points, one at the center of the bioreactor and another at its edge. The 

samples were taken at a depth of 8 cm and from the surface of the liquid medium in the bioreactor. 
  

b

Inlet
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2.4. Analytical Methods 

Biomass was rinsed with distilled water and dried in an oven at 70 °C for 24 h, and its concentration was 

reported in g/L. Samples from the bioreactor were analyzed using a hydrogen-based ion exchange 

column (Aminex HPX-87H, Bio-road, Hercules, CA, USA) in a high performance liquid chromatography 

(HPLC) at 60 °C and 5 mM 0.6 mL/min H2SO4 eluent. A refractive index detector (Waters 2414, Waters 

Corporation, Milford, MA, USA) was used with the HPLC. Before being used for HPLC analysis, the 

samples were centrifuged for 5 min at 10,000× g and the liquid portion stored at −20 °C. Concentrations 

reported for all fermentation experiments were the amount determined by HPLC. 

Scanning for the highest peak was used to determine the best wavelength for measuring the 

absorbance of bromophenol blue samples from the bioreactor. The settling rate of the flocculating yeast 

used for the experiment was determined using a sedimentation column. Biomass concentration of  

2 g/L dry weight was released into a sedimentation column that was filled to 10 cm with the media for 

fermentation, and the content was mixed. The time taken for the flocs to settle to the base of the column 

was recorded as the settling time. The distance that the flocs settled from was divided by the settling 

time to give the settling velocity (Vs). 

2.5. Experimental Setup for Fermentation 

Fermentation experiments with and without internal mixing tubing and different flow rates  

(0.0016–0.06 VVM) as process variables were carried out anaerobically in the textile bioreactor. Sucrose 

(50–55 g/L) was used as the energy and carbon source for the flocculating yeast. It was supplemented 

with 1.0 g/L yeast extract, 7.5 g/L (NH4)2SO4, 3.5 g/L KH2PO4, and 0.75 g/L MgSO4 7H2O. The liquid 

volume in the reactor for all experiments was 25 L. Sucrose concentration dropped between  

51–45 g/L after the feed to the textile bioreactor was autoclaved. Each experiment was performed in 

duplicate. The error bars shown on all figures represent standard deviation values generated from the 

duplicated experiments. 

2.6. Fluidization of the Flocs in the Bioreactor 

The four forces exerted on a particle during free settling are shown in Equation (1) [14]. On the verge 

of fluidization, the drag force becomes equal to the pressure force acting on the flocs, and the force due 

to acceleration becomes zero [14]. The resulting force balance equation is shown in Equation (2). The 

minimum flow rate to establish this condition occurs when the superficial velocity (V0) is equal to  

the fluid upwards velocity (Vu). To prevent the flocs from be carried away from the bioreactor,  

the maximum fluid upwards velocity (Vumax) should be equal to the flocs’ settling velocity (Vs) [15].  

For Reynolds numbers less than 10, these velocities can be obtained from Equations (3) and (4) [15].  

Where ρp is the density of the particle, ρf is the density of the fluid, g is acceleration due to gravity, Dp 

is the particle diameter, μ is the viscosity, and ε is the void fraction. 

Force due to acceleration = Force due to gravity − Buoyancy force − Drag force (1)

Pressure force (Fp) = Force due to gravity (Fg) − Buoyancy force (FB) (2)

V0 = Vu = (ρp − ρf)gDp
2ε3/150 μ (1 − ε) (3)
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Vumax = Vs = (ρp − ρf)gDp
2/18 μ (4)

For the textile bioreactor prototype used in this work, the superficial velocity is defined in  

Equation (5), where Q is the liquid flow rate in m3/s and A is the surface area. The velocity of the fluid 

(Vi) going through the mixing tubing is defined in Equation (6), where Ai is the internal area of the tubing. 

Using the continuity principle, the velocity at which the fluid leaves the small holes in the tubing is 142 

(i.e., 2.52/0.212) times higher than that at which it enters [15]. However, as the tubing is 12 m long and 

the holes are spaced 1 cm apart, there were 1200 holes. So, the upward velocity (Vh) with which the fluid 

emerges would split accordingly. This is shown in Equation (7). For fluidization to begin and be 

sustained in the developed textile bioreactor, Equation (8) shows the governing criteria: 

V0 = Q/A = Q/(1.1 × 0.34) = 2.674Q (m/s) (5)

Vi = Q/Ai = Q/(π × ri
2) = 5.094 × 104Q (m/s) (6)

Vh = 142 × Vi/1200 = 6.028 × 103Q (m/s) (7)

V0 ≤ Vh ≤ Vs (8)

2.7. Statistical Analysis 

All statistical analyses were performed with the MINITAB® software package. Results were analyzed 

with ANOVA (analysis of variance), using general linear model, and factors were considered significant 

when they had p-value less than 0.05. The analysis was performed on the results obtained from samples 

measured from the start of the experiment up until the 32nd hour, when stationary phase was reached. 

Ethanol and sucrose concentrations were used as the response variables, the position from which the 

sample was taken was used as the main factor, while time and number of runs served as blocking factors. 

3. Results and Discussion 

Possible ways to reduce the fermentation cost in a bioethanol plant includes process development, 

utilizing new and cheaper bioreactors, and making the separation process more efficient. This work 

combines these ideas in developing the textile bioreactor. The newly developed textile bioreactor has 

the high flexibility, ease of operation and installation, good mechanical strength, high thermal tolerance, 

low purchase cost, resistance to corrosive fermentation media, and ease of transportation of its previous 

prototype [11]. It has a new mixing system that eliminates the need for mixing by using either axial flow 

impellers or aeration spargers. This removes the purchasing and operational cost associated with the 

maintenance of those devices. A highly flocculating yeast strain with a settling rate of 1 cm/s was used 

to examine the performance of the developed textile bioreactor for bioethanol production. The efficiency 

of mixing (a measure of the mass transfer efficiency) in the developed textile bioreactor and the flow 

rate needed to maintain optimal contact between the flocculating yeast and bioreactor content were 

investigated in this work. 
  



Fermentation 2015, 1 104 

 

 

3.1. Maintaining Optimal Flocs Contact in the Textile Bioreactor 

Increasing the surface contact area of enzymes or catalyst in the form of a fluidized bed generally 

increases the speed at which a chemical reaction takes place [14]. Thus, flocculating yeast retained in a 

bioreactor in the form of fluidized particles would result in more rapid utilization of the substrate in the 

bioreactor. Using Equations (5) to (7), different fluid upflow velocities and superficial velocities for 

different flow rates were generated, and their values are shown in Table 1. As seen in this table, the 

required velocity needed to begin fluidization is low. This is because the textile bioreactor prototype 

used for this analysis has a high surface area to volume ratio of 12.5 m2/m3. The superficial velocity 

reduces with increasing surface area to volume ratio, so the upflow velocity needed on the verge of 

fluidization would be less for bioreactors having a higher surface area to volume ratio. 

Table1. The fluid upflow velocity generated at different flow rate in the textile bioreactor. 

VVM: volume per volume per minute; V0: Superficial velocity; Vi: Fluid velocity; Vh: Fluid 

upflow velocity; Vs: Flocs settling velocity. 

Q (VVM) V0 (m/s) × 106 Vi (m/s) 
Vh at Different Hole Spacing (m/s) 

Vs (m/s) 
1 cm Spacing 5 mm Spacing 2 mm Spacing 

0.0016 1.78 0.03 0.004 0.002 0.001 0.01 
0.0120 13.37 0.25 0.030 0.015 0.006 0.01 
0.0160 17.83 0.34 0.040 0.020 0.008 0.01 
0.0320 35.64 0.68 0.080 0.040 0.016 0.01 
0.0600 66.84 1.27 0.151 0.075 0.030 0.01 

For continuous production of bioethanol using flocculating yeast, it is desirable to carry out the 

production at a high dilution rate and at the same time prevent washout. From Equation (8), washout 

could occur when the fluid upflow velocity (Vh) exceeds the flocs settling velocity (Vs). From Table 1, 

it can be observed that washout would occur in this textile bioreactor prototype if operated on a dilution 

rate greater than 0.72 h−1 (i.e., Q ≥ 0.012 VVM), as Vh is greater than Vs. One way to increase the dilution 

rate would be to increase the number of holes by reducing the space between consecutive holes in the 

mixing tubing. From Table 1, reducing the space between the tubes to 2 mm would allow the bioreactor 

to be operated at a dilution rate of 1 h−1 with lesser tendency for washout, as Vh equals Vs with this 

condition. Another possibility of increasing the dilution rate would be to use mixing tubing of a length 

longer than 12 m. For example, using 18 m long tubing at 2 mm spacing, from equation 7, at  

Q = 0.02 VVM (dilution rate of 1.2), Vh becomes 0.007 m/s, which is less than the settling velocity of 

0.01 m/s. Normally, at a dilution rate greater than the growth rate, washout would occur, but with this 

type of configuration for the mixing tubing, even with dilution rate higher than growth rate, washout 

would not occur. 

3.2. Mixing as a Means of Reducing Mass Transfer Limitations 

Efficient mass transfer is important for optimal performance in any bioreactor, as it helps to facilitate 

transfer of substrate into and product out of the microorganism, and prevent improper cell growth in the 

bioreactor [7]. Mass transfer is influenced by two factors: the diffusional flux between the cells and  
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the liquid media, and the bulk flow of the liquid media. The first factor is influenced by the diffusivity 

of the product or substrate into the liquid media. The second is enhanced by the mixing system in the 

bioreactor, like agitation, aeration, or the use of stirrers [16]. With the theoretical understanding of how 

the flow rate can influence good contacting pattern in the previous section, experimental verifying the 

theoretical concepts are presented in this section. 

For bioreactors utilizing flocculating yeast, mass transfer limitations need to be adequately considered. 

There needs to be a balance between having flocs of large sizes, favorable for the enhancement of cell 

retention in the bioreactor, and reducing the size of the flocs, which is necessary for the reduction of the 

mass transfer limitations. Characterizing solute transport into and out of the flocs is challenging because 

of the fragile nature of the flocs and the difficulty in deciding the geometry the flocs actually have inside 

the bioreactors [3]. The approach in this article was to relate the mass transfer due to diffusion to the 

coefficient of diffusivity, and the flow rate of the liquid media being recirculated as a measure of that 

due to the bulk flow of the liquid [17]. 

Figure 2 shows the result of the absorbance of bromophenol blue measured across the textile 

bioreactor at different flow rates. At 0.015 VVM, equilibrium was reached in the textile bioreactor in 15 min. 

At a flow rate of 0.002 VVM, equilibrium was reached in 50 min. At 25 °C, the diffusion coefficient of 

bromophenol blue in water is 3 × 10−10 m2/s [18], that of ethanol in water is 1.24 × 10−9 m2/s, that of 

sucrose in water is 5.24 × 10−10 m2/s, and that of water in water is 2.45 × 10−9 m2/s [19]. The lower 

diffusivity of bromophenol blue than that of the product and substrate serves as a benchmark for 

understanding the influence of diffusivity on mass transfer under limiting product or substrate  

conditions [20]. Achieving equilibrium in 50 min at a flow rate of 0.002 VVM is sufficient, as the 

sampling time for experiments on bioethanol production is usually measured in hours [21]. 

 

Figure 2. Bromophenol blue absorbance variation in the textile bioreactor at (a) a flow rate 

of 0.015 VVM, and (b) at a flow rate of 0.002 VVM at the injection point (♦) and at the 

opposite end (×). 
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3.2.1. Mass Transfer Enhancement by Internal Mixing Tubing in the Textile Bioreactor 

The internal tubing had holes of 0.42 mm diameter which were 1 cm spread apart all through the 

textile bioreactor. Both ends of the tubing were connected to the input stream from the pump. The size 

of the holes and the continuous inflow of the liquid medium generate a pressure difference between the 

input stream and the fluid inside the tubing. A diameter of 0.42 mm was used because using a larger 

diameter would result in the incoming fluid leaving the tubing only from the entrance, and a smaller size 

would generate high back pressure on the pump. 

The holes in the internal tubing create upward flow of the liquid stream, which helps in re-suspending 

the settling flocs, thus improving the mass transfer rate inside the textile bioreactor. To test this idea, 

fermentation experiments were carried out in the textile bioreactor. Figure 3a shows the result with 

internal tubing to aid mixing at 0.0016 VVM, while Figure 3b shows the result when mixing is not aided 

at a flow rate of 0.032 VVM. A lower flow rate was used for the case with aided mixing to show that 

the result obtained was not due to the flow rate but due to the mixing system itself—as demonstrated in 

Figure 2a, higher flow rate has been shown previously to improve mass transfer. The same starting 

concentration of 2 g/L dry weight flocculating yeast was used in both cases. For the aided mixing case 

(Figure 3a), the fermentation process and sucrose consumption was complete after 36 h, while the 

unaided mixing experiment (Figure 3b) still had more than 4 g/L of unconsumed sucrose after 48 h. The 

longer time in Figure 3b is attributable to the settling of the flocs at the bottom of the textile bioreactor, 

which causes uneven consumption of the substrate in the reactor. The superficial velocity for Figure 3b 

from Table 1 is 3.6 × 10−5 m/s, which can be met by the velocity of the CO2 gas bubbles rising from the 

bottom of the reactor, at the onset of the fermentation experiment. This could explain the higher substrate 

consumption during the first 28 h of fermentation than in the latter part. However, when the sucrose at 

the bottom of the reactor is consumed, there will no longer be CO2 bubbles to re-suspend the settled 

flocs, so the flocs at the bottom of the reactor, because of the mass transfer limitation, would go into the 

stationary phase faster, resulting in longer fermentation time or incomplete utilization of the substrate. In 

Figure 3a, the upward flow of the liquid stream helped to keep the flocs uniformly distributed in the 

textile bioreactor through the duration of the fermentation experiment. This shows that the developed 

mixing system for the textile bioreactor is effective in preventing ineffective substrate utilization and 

increasing the fermentation rate. From Figure 3a, the average peak ethanol concentration was  

22.13 ± 0.93 g/L. Using the average fermentation time gave the specific ethanol productivity in the 

developed textile bioreactor with aided mixing at 0.0016 VVM as 0.29 ± 0.01 g-ethanol/g-biomass/h. 

The best specific productivity from a gas lift reactor with recycle was reported as 0.045 

g-ethanol/g-biomass/h with no sugar loss, and 0.43 g-ethanol/g-biomass/h with significant sugar  

loss [22]. For an airlift reactor, optimum specific productivity of 0.4 g-ethanol/g-biomass/h with 

significant sugar loss has been reported [23]. Comparing the reported specific productivity of different 

bioreactors for ethanol production from literature with that of the developed textile bioreactor, it can be 

seen that for an optimal combination of high specific productivity and complete sugar utilization, the 

developed textile bioreactor performs better. 
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3.2.2. Higher Flow Rate with and without Internal Tubing 

The mass transfer rate can be enhanced to an extent by increasing the bulk flow of the liquid  

media [16]. The effect of higher flow rate on the fermentation rate was investigated. For the textile 

bioreactor with internal mixing tubing, a flow rate of 0.012 VVM (7.5 times higher than the previously 

examined flow rate) was used as the recirculation rate in the textile bioreactor with internal mixing 

tubing. Figure 4a shows the result of this experiment. From Figure 4a, the fermentation rate was slightly 

faster in the first 32 h of fermentation in comparison to the experiment with a recirculation rate of  

0.0016 VVM. However, the substrate was fully consumed after 36 h in both cases. This shows that 

mixing is not the rate limiting step in both cases, but rather sucrose hydrolysis and slow fructose 

utilization [22]. This limitation can be handled in several ways such as operating the reactor in a fed-

batch mode [24], or by maintaining a high concentration of flocs in the bioreactor [22]. However, for 

continuous production, using a flow rate of 0.012 VVM at 1 cm hole spacing would cause washout to 

occur much faster than that at a flow rate of 0.0016 VVM (Table 1). This did not affect the fermentation 

rate in the experiment performed at a flow rate of 0.012 VVM because the cells were recycled back into 

the textile bioreactor. 

 

Figure 3. Experiment with enhanced mixing at (a) a recirculation rate of 0.0016 VVM , and 

(b) without enhanced mixing at 0.032 VVM, showing ethanol (■) and sucrose (●) concentration 

in the primary axis (right hand side), and glycerol concentration (▲) in the secondary axis. 

For the case without the mixing tubing, a flow rate of 0.06 VVM (1.9 times higher than the previously 

examined flow rate) was used as the recirculation rate. The result of this experiment is shown in Figure 

4b. Comparing the experiment performed at 0.06 VVM with that at 0.032 VVM shows that the higher 

recirculation flow rate increased the fermentation rate. However, the higher flow rate was not sufficient 

to cause complete utilization of the sucrose within 48 h because the settling rate of the flocs is higher 

than the turbulence created by the high flow rate. Comparing the experiment performed at  

0.0016 VVM with that performed at 0.06 VVM shows that the developed mixing system is much more 

effective in overcoming mass transfer limitations associated with mixing, even with 30 times slower 

flow rate. 
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Figure 4. Experiments with (a) enhanced mixing at 0.012 VVM, and (b) without enhanced 

mixing at a recirculation rate of 0.06 VVM , showing ethanol (■) and sucrose (●) concentration 

in the primary axis (right hand side), and glycerol concentration (▲) in the secondary axis 

(left hand side). 

3.3. Mixing along the Edges of the Textile Bioreactor 

One of the limitations of a rectangular reactor is the possibility of it having poor mixing, especially 

at the edges [25]. Ethanol and sucrose concentrations across different sampling positions in the 

developed textile bioreactor at a recirculation rate of 0.0016 VVM are shown in Table 2. From Table 2 

it can be seen that the concentrations of ethanol and sucrose from different sampling points and depths 

are similar. ANOVA using a general linear model of ethanol and sucrose concentration as responses and 

sampling position as factor gave p-values of 0.861 for ethanol and 0.733 for sucrose, so the position 

from which the sample is drawn is not statistically significant, meaning that the mixing is uniform at all 

points in the textile bioreactor. This uniformity in the textile bioreactor implies that the flocs responsible 

for the conversion of substrate to product is uniformly distributed across the developed textile bioreactor. 

From this it can be seen that the developed textile bioreactor does not have regions with significant 

ethanol or sucrose concentration variation, so there will be efficient and fast utilization of the substrate 

across it. 
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Table 2. Ethanol and sucrose concentrations from different sampling point in the  

textile bioreactor. 

Time (h) Run 

Ethanol Concentration (g/L)  Sucrose Concentration (g/L) 

Edge  

8 cm Deep 

Edge 

Surface 

Centre  

8 cm Deep 

Centre 

Surface 

Edge  

8 cm Deep 

Edge 

Surface 

Centre  

8 cm Deep 

Centre 

Surface 

0 1 0.00 0.00 0.00 0.00 48.96 48.46 48.75 48.75 

4 1 0.86 0.45 0.51 0.47 46.22 44.97 44.84 44.84 

8 1 2.39 2.30 2.15 2.38 43.61 41.91 40.97 40.97 

12 1 5.14 5.41 5.23 5.44 36.16 38.04 36.01 33.70 

24 1 17.91 18.24 18.87 18.85 11.61 5.52 12.11 9.34 

28 1 20.46 19.95 20.60 20.44 3.21 2.13 3.14 5.50 

32 1 21.20 21.25 21.68 21.04 1.35 1.35 1.38 1.39 

0 2 0.00 0.00 0.00 0.00 48.19 50.40 50.68 50.68 

4 2 1.18 1.18 1.27 1.21 46.86 46.86 47.72 47.72 

8 2 4.56 4.41 4.41 4.44 40.87 39.94 40.10 40.10 

12 2 8.60 8.27 8.23 8.53 32.41 30.77 31.84 32.98 

24 2 20.03 19.94 20.01 19.98 10.00 10.14 10.03 10.16 

28 2 21.93 21.65 21.88 21.52 4.34 4.16 4.31 4.22 

32 2 22.60 22.05 22.65 22.59 2.30 2.82 2.87 2.55 

3.4. Ethanol Production Process Development and Cost Reduction 

Ethanol could be produced by batch, fed-batch, or continuous modes of production. Conventionally, 

ethanol is produced anaerobically, and the yeast cells are centrifuged and either recycled or channeled 

somewhere else [26]. However, for a 100,000 m3/year ethanol production facility, the centrifuge 

accounts for 18% of the fermentation investment cost [9], excluding the energy cost. This can be 

eliminated by using flocculating yeast. Mixing in bioreactors using flocculating yeast is carried out using 

aeration (so the bioreactor is operated as a bubble column or an airlift reactor) as stirrers breaks the  

flocs [3]. Despite the Crabtree effect that favors ethanol production by S. cerevisiae under aerobic 

conditions [27], aerobic conditions cause more biomass production, which reduces the amount of ethanol 

that can be produced [28]. The developed textile bioreactor has been shown to both anaerobically use 

flocculating yeast for ethanol production and maintain good mixing, thus it can combine the benefits of 

optimal ethanol production and elimination of centrifugation cost. 

Using the same volume of textile bioreactor in place of a stainless steel reactor has been previously 

shown to reduce the fermentation investment cost by 19% [11]. Combining this with the savings obtained 

by not using a centrifuge would result in 37% reduction in the investment cost of a 100,000 m3/year 

ethanol production facility [9]. 

4. Conclusions 

The developed textile bioreactor showed a better combination of specific ethanol productivity and 

complete sugar utilization than both gas lift bioreactors with recycle and airlift bioreactors when using 

flocculating yeast for ethanol production. The results of the anaerobic mixing efficiency with high settling 

flocculating yeast showed excellent mixing in comparison with the previous prototype. This makes it 
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possible to combine optimal anaerobic ethanol production rates and the process benefits of using flocculating 

yeast for ethanol production. Additionally, for yeast flocs having average particle diameter between  

190 to 320 µm, there is the possibility of operating the bioreactor at a dilution rate of more than  

1 h−1 with less chances of washout by using mixing tubing configurations that makes the fluid upflow 

velocity less than the flocs settling velocity. Using flocculating yeast as the fermenter in the same volume 

of the developed textile bioreactor as the conventionally used bioreactor in a 100,000 m3/year ethanol 

production facility can give a 37% reduction in fermentation investment cost. 
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